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Supercritical CO2 (scCO2), used in the food industry as a water extraction agent, requires dehydration units for
regeneration. The present study assesses the economics of membrane-based dehydration of scCO2. In contrast to
earlier studies, the contribution, next to the membrane, also the contributions of the mass transfer resistances of
the feed and permeate boundary are included, which have a dominant eﬀect on the ﬁnal process design and
economics. In addition, our work also extrapolates the process to industrial scale evaluating diﬀerent conﬁgurations and process conditions. Speciﬁcally, the contribution of the membrane and membrane unit costs is
discussed in more detail. Including the mass transfer resistances of feed and permeate boundary layer reduces
the water ﬂux across the membrane up to a factor 150, implying a larger required membrane surface area for a
given water removal rate, and thus higher costs. Using a SPEEK-based membrane, the total drying costs, normalized for the amount of water removed, minimize around a skin layer thickness of 1 μm, i.e., not too thin to
permeate and thus spill too much CO2 and not too thick to hamper the H2O ﬂux. Because the feed boundary layer
dominates water transport, conditions that minimize its thickness reduce total costs. A reduction of the feed
boundary layer dominance can be achieved by adjusting channel height, cross-ﬂow velocity and the density and
viscosity of scCO2, the latter two by increasing the operational temperature from 45 to 65 °C (at 130 bar).
Compared to the benchmark zeolite process currently available, the membrane-based process for drying scCO2
outlined and optimized in the present study results in a 50% saving of total drying costs. These savings can be
achieved by using a dense polymeric membrane with a H2O permeability of at least 10,000 Barrer and a CO2
permeability of at most 10 Barrer.

1. Introduction
Supercritical carbon dioxide (scCO2) is an inexpensive and therefore
attractive solvent for the dehydration of food products because it
combines non-toxicity with a near-ambient critical temperature, preventing thermal denaturation and a moderate critical pressure [1].
During supercritical dehydration, the product does not experience any
capillary stresses due to the absence of clear liquid-vapor interfaces. In
conventional evaporation processes, these interfaces cause shrinkage
and structural damages of the product [2]. This deﬁnes scCO2-based
dehydration as a very gentle process able to preserve the texture of the
food [3]. After food dehydration, scCO2 is easily separated from the
food product through depressurization, resulting in the discharge of
gaseous CO2. Depressurization is also used to regenerate, i.e., dehydrate, scCO2, by making use of the fact that the solubility of H2O in

⁎

scCO2 shows a minimum near the critical pressure of 74 bar [4,5].
However, this regeneration method is rather energy-consuming due to
the necessity to repressurize CO2 afterwards to its extraction pressure.
More energy eﬃcient is the adsorption-based regeneration using zeolite
[6], displayed in Fig. 1. Here, humid scCO2, leaving the fruit extraction
unit, is regenerated in the dehydration unit before its next re-injection
into the extraction unit. The zeolite, located in the dehydration unit,
adsorbs water up to its saturation level. The re-use of zeolite demands
an energy-intensive reactivation step using hot air to desorb the water.
A second, parallel regeneration unit ensures continuity of the scCO2
dehydration process. Common ﬂuid pressures and temperatures of the
food drying process are 130 bar and 45 °C, thus above the critical point
of CO2 (Tc = 31.04 °C, Pc = 73.8 bar) [7].
Even though the zeolite-based regeneration of scCO2 is energy-wise
more eﬃcient than the depressurization of sCCO2, the method still is
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Fig. 1. Schematic depiction of a food dehydration process using scCO2 as the water-extraction agent (left unit) and zeolite to dehydrate (regenerate) scCO2. A second
dehydration unit is in stand-by mode and enables continuity of the entire process.

where w H2 O, in and w H2 O, out are the H2O weight fractions of scCO2 entering and exiting the extraction unit (–), respectively. For both, the
zeolite and the membrane-based process, the latter stream is considered
saturated, implying that its H2O weight fraction is determined with the
model developed by Spycher et al. [5]. The H2O weight fraction of the
scCO2 stream entering the extraction unit diﬀers for both processes. For
the zeolite-based process, all the water dissolved in scCO2 is considered
to be fully adsorbed in the dehydration unit, indicating a completely
dry regenerated stream. For the membrane-based process, a full water
removal would require inﬁnite membrane area, which is not possible.
Therefore, a minimal amount of water will stay present in the regenerated stream. Its concentration, being low enough to still enable
food dehydration down to its ﬁnal moisture content, is determined
using the GAB model [10], as discussed in Section 2.2.
The volume of the extraction unit is determined using the mass of
the fresh food and its bulk density (500 kg/m3). To include distribution
equipment and free space into account as well, the total volume is
multiplied by a factor of 1.2 [12].
The duration of one food drying cycle 4 hrs. This is slightly longer
than the drying time of 2.5 h measured at lab-scale by Brown et al. [3],
but necessary to avoid extensive shear stresses which the product is
exposed to due to increased scCO2 velocities in the extraction chamber.
This happens when scaling up from lab-scale to industrial scale while
maintaining the retention time of the scCO2 in the extraction chamber.

rather energy-intensive. Lohaus et al. [8] showed that membrane-based
dehydration of scCO2 can reduce the dehydration costs up to 20%.
However, their conclusion was based on pilot plant-scaled processes
having scCO2 ﬂow rates of 200 kg/h, corresponding to a water removal
rate of only 0.32 kg/h. Moreover, their analysis omitted considering the
individual mass transfer resistances related to the membrane skin layer
and its support as well as the feed and permeate boundary layer. Oppositely, in a recent publication, we did identify a distinct contribution
of each of these mass transfer resistances though [9]. Whereas the feed
boundary layer comprises up to 80% of the overall mass transport resistance of H2O, the dominant resistance for CO2 is located within the
membrane itself, leading to diﬀerent conclusions. Inspired by Lohaus
et al. [8], the present study reassesses the economics of membranebased dehydration of scCO2, including the contribution of individual
mass transfer resistances and thereby extrapolating the process to industrial scale and evaluating conﬁguration and process conditions.
Also, in particular the contribution of membrane and membrane unit
costs is discussed in more detail.
2. Techno-economic process description
2.1. Extraction unit
The starting point of the simulations is the extraction unit, displayed
in Fig. 1. The determination of the water-removal rate of the process
requires knowledge of the mass of food product, its initial and ﬁnal
moisture content and the dehydration time. Following Kaymak-Ertekin
et al. [10] the initial and ﬁnal moisture content is set to 82 wt%. and
12 wt%, respectively, the latter representing the average of the
moisture content of dried fruits (17 wt%) and vegetables (7 wt%) [11].
The water removal rate during one extraction cycle ṁ H2 O is deﬁned
by:

ṁ H2 O =

mfood MH2 O, in − MH2 O, out
·
tcycle
MH2 O, in + 1

2.2. Membrane-based process
Fig. 2 displays the default conﬁguration of the membrane-based
process, where the temperature and pressure of the feed cycle, thus in
the extraction and membrane unit, are maintained at 45 °C and 130 bar.
During the dehydration process, humid supercritical CO2 enters the
feed channel of the membrane unit, is dehydrated and exits as a dry
scCO2 stream ready for reuse as a drying agent. Pre-dried and heated
CO2 at ambient pressures is used as a sweep gas to maintain a high
driving force by removing water vapor at the permeate side of the
membrane unit. The usage of pre-dried air instead as a sweep gas is
strictly avoided, even though its usage might be more cost eﬀective, due
to air permeation into the feed, thus impuriﬁcation of the feed cycle.
During the drying process, CO2 permeates as well. To prevent any accumulation in the permeate cycle CO2 is re-injected into the feed cycle
using a reﬁll pump.
Based on the previous work [9], the membrane-based dehydration
unit has a ﬂat sheet membrane conﬁguration (Fig. 3).
Multiple, parallelly arranged composite membranes, having a

(1)

where mfood is the mass of undried food (kg), MH2 O, in and MH2 O, out are
the initial and ﬁnal moisture contents of the food given in
(kg H2 O/ kgdrymass ), respectively and tcycle is the duration of one food
drying cycle.
The mass ﬂow rate of scCO2 needed for extraction ṁ scCO2 , is described by:

ṁ scCO2 =

ṁ H2 O
w H2 O, out − w H2 O, in

(2)
210
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These permeabilities probably do not reﬂect the skin layer permeability at supercritical conditions. To assess the eﬀect of this, a sensitivity analysis of the H2O and CO2 permeability on the outcomes is
performed.
To determine the H2O and CO2 ﬂux (permeability is a membrane
characteristic independent of the actual process conditions) through the
membrane, the corresponding driving forces are required. The H2O
driving force equals the logarithmic mean fugacity diﬀerence of the
feed, retentate, permeate and sweep gas:
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where ΔfH2 O is the H2O driving force,

fi = ϕi ·yi ·Ptot
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Fig. 3. Schematic depiction of the ﬂat sheet membrane design considered in
previous studies [9]. A gradual decay of the water content within the feed
stream is caused by a selective water permeation through the skin layer. ScCO2
is rejected and exits the membrane unit as a dry stream ready for reuse as an
extraction agent.

fH2 O = a w ·fH2 O, sat .

M=

Selective skin layer

Pore size
Porosity
Thickness

0.1 μm
0.7
120 μm

Dense, non-porous polymer

(5)

Mo·C·K ·a w
[(1 − K ·a w )(1 − K ·a w + C·K ·a w )]

(6)

where Mo is the monolayer moisture content given in (kg H2 O/ kgdrymass ), C
and K are dimensionless empirical GAB parameters and aw is the water
activity (–). Assuming pressure insensitivity of the H2O fugacity on the
equilibrium moisture content of food products, the model can be extended to supercritical pressures. By doing so, the water activity of the
retentate stream equals 0.25, considering an equilibrium moisture
content of 12 wt% of the food product at 45 °C and 130 bar. The water
fugacity of the retentate is determined with equation (5). Here the
calculated water activity and the water fugacity of saturated air at the
corresponding temperature at atmospheric pressures are used.
The weight fraction of H2O in the retentate stream needed for
equation (2) is derived from its corresponding molar fraction which is
determined by rearranging equation (4).
Before entering the permeate side, the sweep gas is pre-dried using a
refrigeration dryer, which uses the water solubility lowering eﬀect of
gas compression and cooling for gas drying. Cooling down the sweep

Table 1
Properties of the composite membrane used for the simulations.
Porous support

(4)

where fH2 O and fH2 O, sat . are the required H2O fugacity and H2O fugacity
at saturation (Pa), respectively and a w is the water activity being dimensionless.
The water activity of the feed stream entering the membrane unit is
fully saturated (aw = 1). The water activity of the retentate stream,
leaving the membrane unit is dependent on the ﬁnal moisture content
of the food product (12 wt%) and is determined using the
Guggenheim–Andersen–de Boer (GAB) model [10]. This model links
the equilibrium moisture content of food products to the water activity
of the surrounding ﬂuid at atmospheric pressures:

selective skin layer on top of a porous support, are compiled into one
membrane stack. These ﬂat sheets are separated by feed and permeate
channels having heights of 0.8 mm and 3 mm, respectively. The latter
channel is chosen narrower than 7 mm as used in previous studies [9] to
increase the compactness of the membrane unit, thus to reduce its scale
and the investment costs associated with it.
Table 1 lists the geometric characteristics of the evaluated composite membrane based on speciﬁcations of commercially available
composite membranes [13].
As in the previous study [9], three diﬀerent selective layer membrane materials are evaluated: highly water permeable and H2O/CO2
selective SPEEK, Naﬁon® 117 and PEBAX® 1074. Especially SPEEK
proved to withstand months-long exposure to corrosive ﬂue gas streams
[14]. The intrinsic, mixed gas H2O permeabilities and pure gas CO2
permeabilities, measured at 30 °C and near atmospheric pressures
[13,14], were chosen as model input (Table 2), due to the absence of
corresponding permeabilities within the supercritical region.

Property

F
and fout
are the fuga, H2 O
P
P
and fin, H2 O and fout
are
, H2 O

where ϕi and yi are the dimensionless fugacity coeﬃcient and mole
fraction of component i in the ﬂuid phase, respectively. Ptot is the total
ﬂuid pressure (Pa). The CO2 fugacity coeﬃcient is determined using the
model of Spycher et al. [5] whereas the former model and the Antoine
equation [15] are used to determine the fugacity coeﬃcient and mole
fraction of H2O at saturation for supercritical and ambient conditions,
respectively.
For non-saturated streams, the actual H2O fugacity is lower than the
corresponding H2O fugacity at saturation, being determined by the
model of Spycher et al. [5] and the Antoine equation [15]. Therefore,
the H2O fugacity at saturation of equation (4), is reduced by the water
activity of the non-saturated stream as shown by:

Porous
support

Permeate
(humid CO2)

(3)
F
fin,
H2 O

cities of H2O in the feed and retentate stream
the fugacities of H2O in the sweep gas and permeate stream (Pa), respectively. Since CO2 fugacity of the permeate side is neglibly small
compared to that of the feed and retentate stream, the CO2 driving force
equals the CO2 fugacity diﬀerence between feed- and permeate stream.
The required H2O and CO2 fugacities are determined using,

Fig. 2. The membrane-based process for the dehydration of scCO2. The temperature and pressure of the humid scCO2 are not changed before entering the
membrane unit. CO2 is cyclically used as a sweep gas to remove the permeated
water from the membrane unit.

Selective
skin layer

F
P
F
(fin,
) − (fout
− fout,
− finP, H2 O )
H2 O
H2 O
, H2 O

1 μm

211

Separation and Purification Technology 224 (2019) 209–218

A. Shamu, et al.

Table 2
H2O and CO2 permeability of SPEEK, Naﬁon® 117 and PEBAX® 1074 membranes. Data for SPEEK have been obtained from [14] (CO2) and [15] (H2O), data for
Naﬁon® 117 from [16] (CO2) and [17] (H2O) and for PEBAX® 1074 from [14].
Polymer

Abbreviation

H2O permeability (Barrer)

CO2 permeability (Barrer)

Sulfonated polyetheretherketon
Perﬂuorosulfonic acid/Polytetraﬂuoroethylene copolymer
Poly(amide-12-b-ethylene oxide)

SPEEK
Naﬁon® 117
PEBAX® 1074

61,000
410,000
200,000

0.11
2.8
122

determined using [19]:

gas to +3 °C (a typical temperature for refrigeration dryers [18]), while
compressing it to 3 bar results in a dew point temperature of −11.6 °C.
Using the Antoine equation [15], the water activity of the pre-dried
sweep gas entering the membrane unit is 0.026 at 45 °C. For the exiting
humidiﬁed sweep gas stream a water activity of 0.45 is considered,
which is high enough to enable water removal with a moderate sweep
gas volume ﬂow rate while being low enough to maintain a suﬃcient
driving force for the H2O transport.
To withstand high pressures, the membrane unit is considered to be
a cylindrically shaped pressure vessel containing a stack of ﬂat sheets.
This stack is square-shaped whereas its diagonal is considered to be
equal to the vessels diameter. An increase in the considered vessel
diameter results therefore in increased stack height and width thus to a
larger membrane sheet (due to increased stack height) and a larger
number of ﬂat sheets placed within the stack (due to increased stack
width), when keeping the feed and permeate channel heights constant.
Knowing the volume ﬂow rate of the feed and permeate streams and the
number of feed and permeate channels including their cross-sectional
areas, one can determine the channels ﬂuid velocities and the mass
transfer resistances in the channels. This together with the mass transfer
properties of the composite membrane results in an overall mass
transfer coeﬃcient for H2O and CO2, which describes their transport
from feed to permeate side. Previous work [9] gives a detailed description of the overall mass transfer coeﬃcient determination and we
follow a similar approach.
Together with the water transport driving force the required
membrane area for the dehydration of humid scCO2 can now be determined:

A=

ṁ H2 O ·R·T
MH2 O ·kov, H2 O·ΔfH2 O

ΔP = 4·f ·

⎛−4·log
⎝

A
Nsheet Â·hsheet

(

0.27·ε
dh

+

7 0.9
Re

( )

2

) ⎞⎠

(11)

where ε is the surface roughness coeﬃcient of the channel walls, which
is assumed similar to the value of polyvinyl chloride (2.1·10−6 m) [20].
Now after determining the ﬁnal dimensions of the membrane unit,
the mass of permeated CO2 can be determined. For this, the overall
mass transfer coeﬃcient of CO2, its driving force and the membrane
area are implemented into the rearranged equation (7).
2.3. Zeolite-based process
The mass of zeolite needed for adsorption (mzeol.) is determined by:

mzeol . =

m H2 O
(X 45Â°C − X260Â°C )

(12)

where m H2 O is the amount of adsorbed water per drying cycle (kg),
X45 °C and X260 °C are the zeolite water adsorption capacities being 0.20
and 0.02 kg H2 O/ kgzeolite , respectively [21]. Previous adsorption capacities, determined at near atmospheric pressures, were considered due
to the absence of high pressure adsorption capacities. The zeolite mass,
mzeol., is used together with the zeolite bulk density, 728.8 kg/m3 [22],
to determine the volume and dimensions of the dehydration vessel.
Likewise to the extraction unit, the total volume is multiplied by 1.2 to
account for additional vessel height due to implemented distribution
equipment, required for an uniform dispersion of the humid scCO2 in
the adsorption column.
Lohaus et al. [8] considered 3.3 kWh as the total energy demand
needed to remove 1 kg of water from zeolite. This mass-speciﬁc energy
includes desorption and heating of the zeolite and its periphery (i.e.,
adsorption column). The product of this mass-speciﬁc energy demand
and the adsorbed water mass per drying cycle equals the thermal energy needed for zeolite reactivation, being provided by hot air, which
mass (mair ) is:

(7)

(8)

Using the membrane area and the number and thickness of the
membrane sheets, the length of the stack equals:

L=

1

f=

ṁ H2 O ·R·T
P
− finP, H2 O )
MH2 O ·(fout
, H2 O

(10)

where f is the Fanning friction factor (–), l is the length of the membrane (m), ρ is the ﬂuid density (kg/m3), v is the ﬂuid velocity in the
feed/permeate channel (m/s), dh is the hydraulic diameter (m) which is
for rectangular channels with much greater width than height, twice
the height. At laminar conditions, the Fanning friction factor is the
quotient of 14.227 and the Reynolds number, whereas for turbulent
conditions the following relation is used [19],

where ṁ H2 O is the permeated mass ﬂow rate of water (kg/s), R the ideal
gas constant (J/(mol·K)), T the dehydration temperature in the membrane unit (K), MH2 O is the molar mass of water (kg/mol), kov, H2 O the
overall mass transfer coeﬃcient (m/s) and ΔfH2 O the process driving
force (Pa).
̇
The volume ﬂow rate of the sweep gas stream (Vsweep
), given in m3/s,
is determined by:

̇
Vsweep
=

l ρ·v 2
·
dh 2

(9)

mair =

where Nsheet is the number of membrane sheets (–) and hsheet is the
height of one ﬂat sheet membrane including spacer and channel height
(m). The vessel of the membrane unit is considered 1.2 times longer
than the calculated membrane stack height to ensure enough space for
equipment, distributing the feed and sweep gas steams into its corresponding channels and collecting these streams afterwards [12].
The membrane unit length is therefore indirectly a function of its
diameter. As in the previous study [9], its length is limited by the
maximally allowed pressure drop of 1.5 bar and 50 mbar in the feed and
permeate channel, respectively. The pressure drop ΔP , given in Pa, is

Ereac .
cp, air Â·(Tzeol . in − Tzeol . out )

(13)

where Ereac. is the required thermal energy (kJ), cp, air is the isobaric heat
capacity of air (kJ/(kg·K)), Tzeol., in and Tzeol., out are the temperatures of
the air entering and exiting the zeolite column (K) and mair is the required mass of air needed for reactivation (kg). The latter is used to
determine the heat duty of the ﬁred air heater:

Wheat =
212

mair ·cp, air Â·(Tair , out − Tair , in)
treac .

(14)
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Table 3
Required parameters for the determination of the heat duty of the ﬁred heater.
Parameter

Value

Reference

Inlet air temperature of the reactivated zeolite column (Tzeol,in)
Outlet air temperature of the reactivated zeolite column (Tzeol, out)
Inlet air temperature of the direct-ﬁred heater (Tair,in)
Outlet air temperature of the direct-ﬁred heater (Tair,out)
The isobaric heat capacity of air (cp,air)
Reactivation time per zeolite column (treac.)
Time for the mounting and down-cooling of the reactivated zeolite column
Adsorption time
Energy demand for reactivation of Zeolite (Ereac.)

260 °C
175 °C
20 °C
260 °C
1.04 kJ/(kg·K)
1.5 h
0.5 h
2h
11,880 kJ/kgH2O

[23]
[23]
[est.a]
[23]
[19]
[est.]
[est.]
[est.]
[8]

a

est. = estimated.

̇
Pin and Pout are the pressures at the compressor in- and outlet (Pa), Vflow
is the volume ﬂow rate of the transported ﬂuid at the compressor outlet
(m3/s), ki is the ratio of the speciﬁc heat capacities at constant pressure
and constant volume and ε is the compressor eﬃciency, both being
dimensionless (–). The compressor eﬃciency is considered to be 0.7
[25]. The required heat capacities are obtained from the oﬃcial website
of the National Institute of Standards and Technology (NIST) and
averaged for the required pressure ranges [29]. The electrical power
consumption of commercially available air driers is used [30].
The compressors used in both processes run throughout the year
(8760 h/year). Only the compressor blowing air through the directﬁred heater is not in use during the cool-down phase of the zeolite,
which makes up, according to Table 3, 25% of the time.
The starting point for the determination of the investment costs is
the estimation of the total costs related to the purchase and implementation of the considered units (incl. piping and instrumentation)
into the process. The investment costs (IC) of the process units are
determined through the widely used method developed by Guthrie
[24]:

where Tair,in and Tair,out are the temperatures of the in- and outlet of the
direct-ﬁred heater (K), treac. is the time considered for the reactivation
(s) and Wheat is the thermal performance of the direct-ﬁred heater (kW).
All parameters needed for the determination of the heat duty of the
ﬁred heater are displayed in Table 3

2.4. Cost estimation
In this study, the costs of the membrane and zeolite-based processes
are sub-divided in process operation costs and investments costs.
Process operation costs include consumption costs for i.e. the electrical
energy, natural gas or cooling water. The investment costs, being ﬁxed
annual expenses [24], are assigned to the purchase and mounting of the
processes operation units. Since the investment is exclusively ﬁnanced
through loans, it is composed of the interest payment and the principal
repayment [25].
Costs related to labor are not taken into account in this assessment
since their prediction cannot be made without large error margins.
However, fewer shifts are needed for the continuously running membrane-based process than for the semi-batch zeolite-based process, indicating lower labor costs for the membrane-based process.
Table 4 displays a price list of various utilities, which are needed for
the operational costs calculation of both processes. Since membranes
have a limited lifetime of 4 years, the mean annual expenditure assigned to their purchase is included in the costs of the membrane-based
process [8]. The same applies to the zeolite, which has an estimated
lifetime of 2 years [8].
The major part of the electricity is used by compressors to pressurize
CO2 to its supercritical state or to recirculate or transport large air to
the ﬁred direct heater in case of the zeolite-based process. The electrical
power consumption of compressors is determined using the adiabatic
compressor power equation for high pressures (above 70 bar) [28], as
described by:

Wi =

⎛
1
̇ · ki · ⎛ Pout ⎞
·Pout ·Vflow
ε
ki − 1 ⎜⎜ ⎝ Pin ⎠
⎝
⎜

⎟

ki − 1
ki

⎞ Z + Zin
⎞
− 1⎟·⎛ out
⎟ ⎝ 2·Zout ⎠
⎠
⎜

IC = BC·UF ·(MPF + MF − 1)

where BC are the purchase costs of the basic version of the process unit
for a particular year given in €, UF is the update factor (–) taking the
price increase of the unit through inﬂation from the particular year to
presence into account, MPF is the materials and pressure correction
factor which accounts for additional material and design costs of the
process unit beyond its basic conﬁguration (–) and MF is the module
factor (–) which takes the costs of piping instruments, labor during
mounting and accessories into account.
The basic costs for the considered heat exchangers and the directﬁred heater are obtained from Peters et al. [25] whereas the basic costs
for the used compressors, vessels, and columns are obtained from
Biegler et al. [24]. The basic cost obtained from Peters et al. [25] and
Biegler et al. [24] are dated back to the years 1990 and 1969, respectively. The basic costs of vessels are used for the housing of the membrane unit, the zeolite columns, and the extraction unit. However, these
costs are increased by 100% for the housing of the membrane unit and
20% for the extraction unit and the zeolite columns due to the higher
complexity (i.e., stack frame, distribution equipment, ﬁxtures, trays,
sensors) compared to a simple vessel.
To determine the annual expenses related to the investment, the
total investment costs are multiplied by the so-called capital-recovery
factor CRF which is represented by:

⎟

(15)

Table 4
Values used for the determination of the operational costs of both processes.
Parameter

Value

Reference

Selective skin layer (based on 1 μm thickness)
Porous support
Lifetime membrane
Electrical energy
Cooling water
Steam for heating (saturated at 8 bar, 170 °C)
Price of natural gas
Price of zeolite
Lifetime zeolite
Energy demand for reactivation of Zeolite

3 €/m2
244 €/m2
4 year
0.14 €/kWh
0.04 $/m3
0.006 $/kg
0.035 €/kWh
3 €/kg
2 year
11,880 kJ/kgH2O

[est.]
[26]
[8]
[27]
[25]
[25]
[27]
[8]
[8]
[8]

(16)

CRF =

(1 + i)n ·i
((1 + i)n − 1)

(17)

where i is the interest rate (%), and n is the loan duration (years).
Table 5 lists the relevant parameters used for the determination of
the costs of the use of the capital to purchase the equipment.
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3000

Costs parameters

Value

Reference

Interest rate of the loan
Duration of the loan
Exchange rate USD in EUR
Capital-recovery factor
Annual operation hours
Chemical engineering plant cost index (Feb. 2017)

8.0%
10 year
1.14 $/€
0.15356
8760 h/yr
558.3

[est.]
[est.]
[31]
[calc.a]
[32]
[33]

a

Drying costs [€/twater]

Table 5
Relevant parameters needed to determine investment costs.

calc. = calculated

Drying costs [€/twater]

3000

Drying costs
CO2 refill

2500

Membrane module

2000
1500
1000
500

2500 SPEEK Nafion ®

PEBAX ®
0
1E-3
0.001

0.01

0.1

1

10

100

1000

Skin layer thickness [ m]

2000

Fig. 5. Total (normalized) drying costs using SPEEK as a function of the skin
layer thickness, for a dehydration rate (process scale) of 100 kg water per hour
at 45 °C. Also shown are the costs for CO2 reﬁll and the membrane unit.

1500
1000

Based on the three examined skin layer materials discussed in Fig. 4,
SPEEK is considered the material of choice, since it shows with 813
€/twater the lowest drying costs compared to values of 828 and 1063
€/twater for Naﬁon® 117 and PEBAX® 1074 respectively. In addition, the
costs of SPEEK remain at this minimum even at skin layers as thin as
0.1 μm, leading to less material required and thus cost savings.

500
0
0.001
1E-3

0.01

0.1

1

10

100

1000

Skin layer thickness [ m]
Fig. 4. Total (normalized) drying costs using either a SPEEK, Naﬁon® 117 or
PEBAX® 1074 selective membrane layer as a function of the skin layer thickness, for a dehydration rate (process scale) of 100 kg water per hour at 45 °C.

3.2. Process conﬁguration
The feed boundary layer is the dominant parameter in the H2O ﬂux
across the membrane [9]. As such, this mass transfer resistance should
be taken into account as well, in addition to those related to the
membrane itself. Fig. 6 exempliﬁes this argument and shows the calculated total membrane area required to permeate 100 kg of water per
hour taking into account the individual eﬀect of the mass transfer resistance of the skin layer, the feed boundary layer, the permeate
boundary layer and the porous support.
As expected, the porous support (low resistance) and the permeate
boundary layer hardly aﬀect the required membrane area. In contrast,
ignoring the feed boundary layer resistance lowers the required

3. Results and discussion
3.1. Eﬀect of skin layer thickness
Our previous study [9] suggests that for the membrane-based process there is an ideal skin-layer thickness at which the drying costs are
minimal. Fig. 4 displays the eﬀect of the skin layer thickness on the
total drying costs normalized for the amount of water removed at 45 °C
for SPEEK, Naﬁon® 117 and PEBAX® 1074.
All three membrane types show an optimum in skin layer thickness,
i.e., a range at which the total drying costs are minimal. Despite the
similarity, the membranes diﬀer in the position of this minimum as well
as the range over which this minimum extends. Fig. 5 explains in more
detail the behavior observed, i.e., the shape of the curves, by showing
the same SPEEK data but in addition the costs for CO2 reﬁll and the
membrane unit.
For SPEEK the total drying costs show a minimum for a skin layer
thickness ranging from approximately 0.1 to 10 μm. At a
thickness < 0.1 μm, costs increase because the permeability of the
SPEEK layer to CO2 becomes too high (due to the low thickness of the
layer), resulting in rising costs for CO2 reﬁll. At a thickness > 10 μm,
costs increase because the permeability towards H2O becomes too low,
resulting in larger required membrane surface areas. From 10 μm
downward, membrane unit costs remain unchanged because at these
skin layer thicknesses concentration polarization eﬀects dominate H2O
transport.
Compared to SPEEK, the minima of Naﬁon® 117 and PEBAX® 1074
have shifted to larger skin layer thicknesses, reﬂecting that PEBAX
demonstrates the lowest H2O/CO2 selectivity (notably due to a high
CO2 permeability) whereas Naﬁon shows the highest H2O permeability
combined with a moderate permeability towards CO2.

Required membrane area [m2]

1000

100

10

1

SPEEK

Nafion ®

PEBAX®

Fig. 6. Calculated total membrane area required to permeate 100 kg H2O per
hour at 45 °C for SPEEK, Naﬁon® 117 and PEBAX® 1074. Calculations include
either (●) solely the skin layer; (▴) the feed boundary and skin layer or (■) feed
and permeate boundary, support and skin layer.
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Fig. 7. Required membrane area to permeate 100 kg water per hour as a
function of the feed channel height for various cross-ﬂow velocities for SPEEK
membranes at 45 °C.

Fig. 8. Required membrane surface area to permeate 100 kg of water per hour
depicted as a function of the feed pressure and the dehydration temperature.
Feed channel height and cross-ﬂow velocity are 0.8 mm and 1 m/s, respectively.
The red dots indicate three feed conditions within the membrane unit which
corresponding dehydration processes are economically assessed. (For interpretation of the references to colour in this ﬁgure legend, the reader is referred
to the web version of this article.)

membrane area by more than a factor of 40 (SPEEK) to 150 (Naﬁon®
117).
Given the overwhelming impact of feed boundary resistance on the
required membrane area and the dominance of the required membrane
area on membrane unit and CO2 reﬁll costs, we investigate strategies to
lower this resistance by altering ﬂuid dynamics within the membrane
unit. Note that, a reduction of the required membrane area is accompanied by a reduction of the membrane unit and CO2 reﬁll costs.
Fig. 7 displays the required total membrane area in relation to the
feed channel height, at diﬀerent cross-ﬂow velocities.
One method to reduce the feed boundary layer resistance is by increasing the cross-ﬂow velocity, as experimentally observed by Metz
et al. [15]. This way of invoking turbulent conditions leads to a steeper
cross-ﬂow velocity proﬁle and thus to a thickness reduction of the
boundary layer [34], in which H2O is transported limited by diﬀusion.
Decreasing the feed channel height while maintaining an average crossﬂow velocity leads as well to a steeper cross-ﬂow velocity proﬁle and
thus to a reduced ﬂuid boundary layer thickness [34]. This together
with an increase of the cross-ﬂow velocity will lead to increased pressure drop, as is evident from Eq. (10). From here on, the feed channel
height and cross-ﬂow velocity adopt values of 0.8 mm and 1 m/s, respectively.
Another way of reducing the feed boundary layer resistance and
thus the required membrane area is by altering the temperature and
feed pressure. As argued in the previous study [9], high pressures and
low temperatures, as present in the default membrane conﬁguration
(Fig. 2), lead to a more dominant feed boundary layer resistance,
hampering the H2O transport. Other process parameters, such as H2O
transport driving force, may be aﬀected by pressure and temperature as
well. Fig. 8 shows the required total membrane surface area in relation
to the feed chamber pressure and temperature.
The general tendency is that high dehydration temperatures and
low feed pressures result in a reduction of the required membrane
surface area, an eﬀect much more pronounced at lower temperature. At
an operational pressure of 130 bar, increasing the temperature from 45
to 65 °C reduces the required membrane surface area from 455 m2 to
127 m2. Apart from the already argued eﬀect on the feed boundary
layer thickness, another reason for this drastic reduction in required
membrane surface area can be found in the rise of the water fugacity
coeﬃcient from 0.143 (at 45 °C; 130 bar) to 0.278 (65 °C; 130 bar),
resulting in a doubling of the water fugacity in the feed (see equation
(4)) and thus to a rise of the driving force for water transport (water
fugacity coeﬃcient determined using the model of Spycher et al. [5]).

An additional reason for the strong reduction in the required membrane
surface area may be an improved water diﬀusion through the feed
boundary layer, due to a reduced CO2 ﬂuid density [9]. Even though the
reduction of the membrane surface area to 127 m2 results in a drop of
the costs for CO2 reﬁll and the membrane unit, energy consumption will
go up due to the heat exchangers needed to pre-heat and cool-down the
scCO2 before and after the membrane unit. A process based on this
principle is displayed in Fig. 9. Noteworthy, an increase of the dehydration temperature to 75 °C will not signiﬁcantly further reduce the
required membrane surface area, but it will increase the costs for heat
exchangers as well as the risk of material failure.
As indicated in Fig. 8, a further reduction of the required membrane
area down to 61 m2 can be achieved by reducing, at 65 °C, the feed
pressure down to 100 bar. Here costs for the CO2 reﬁll and the membrane unit are further reduced. However, costs assigned to the

Humid scCO2

130 bar
45 °C

Dry scCO2

130 bar
65 °C

Membrane
unit
Humid CO2

1 bar
65 °C

Pre-dried and
heated CO2

Extraction
unit
CO2 refill

Fig. 9. Schematic depiction of a food dehydration process using scCO2 as the
water-extraction agent (left unit) and a membrane unit to dehydrate (regenerate) scCO2. The pre-heated scCO2 requires a lower membrane area thus
reduced costs for the membrane unit and the CO2 reﬁll, however, additional
costs for the purchase and investment of the additional heat exchangers.
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Based on the conﬁguration of Fig. 9, Fig. 12 displays the membrane
unit costs and its contribution to the total drying costs as a function of
process scale.
Compared to the conﬁguration and operational conditions displayed
in Fig. 2 (130 bar, 45 °C), the contribution of membrane unit costs are
reduced from 25 to 10%. With a membrane unit price of 4480 €/m2 for
pilot plant scale (40 kg/h) to 1520 €/m2 for large industrial scale
(500 kg/h), prices are considerably higher than those for membrane
units operating near ambient pressures, 200 €/m2 [36]. The combination of a costly housing for the membrane unit, built to withstand large
operation pressures, and a low area to volume ratio of the membrane
unit, is the primary cause for the inﬂated area speciﬁc costs. The low
area to volume ratio of the current design, 65 m2/m3 compared to
100–300 m2/m3 of typical ﬂat sheet units [37], is the result of wide
sweep gas channels (3 mm) needed to pass suﬃcient sweep gas, without
creating too high-pressure drops. A vast quantity of sweep gas is needed
to remove a suﬃcient amount of permeate water without becoming too
humid, thereby impairing the driving force too much.
Fig. 13 displays the ﬁctional membrane unit price at which the
drying costs of the membrane-based process would comprise 60%, 80%
and 100% of those of the zeolite process.
Using Fig. 13 in practice, it becomes possible to determine the upper
price limit for the purchase or development and construction of a
membrane unit. To comprise 60% of zeolites dying costs, the price of
the membrane unit has to triple at pilot plant scale (40 kg/h) and
double at industrial scale (500 kg/h). This shows that the membranebased process will continue to be cost eﬃcient even with considerably
higher membrane unit prices.
Not only the membrane unit price might be diﬀerent in practice but
also the considered permeability values of SPEEK obtained at 30 °C and
near ambient pressures (feed pressure of 2.5 bar [14]) will most likely
rise when applied at 130 bar and 65 °C. Bos et al. [38], who examined
eleven glassy polymeric membranes (i.e., polysulfone, polyetherimide)
observed a gradually progressing increase in CO2 permeability while

1000
500

100

200

300

400

500

0%
600

3.3. Membrane unit & membrane material

Zeolite process
45 °C & 130 bar
65 °C & 130 bar
65 °C & 100 bar

0

450

130 bar and 45 °C and the absence of any compression and depressurization step in its feed cycle. Such pressure changes in the feed cycle, as
occurrent in the conﬁguration operating at 100 bar and 65 °C, result in
inﬂated drying costs. The drying costs assigned to this conﬁguration are
approximately half (48–57%) the costs of a zeolite-based process. In
absolute terms, the drying costs corresponding to Fig. 9 are 756 and 446
€ per ton removed water, for a pilot plant scale (40 kg/h) and industrial
scale (500 kg/h), respectively.

1500

0

300

Fig. 12. The area speciﬁc costs of the membrane unit and its contribution to the
total process costs as a function of the process scale. Feed pressure and process
temperature are 130 bar and 65 °C, respectively.

circulation of the scCO2 increase, due to the need of a costly compressor
to pressurize the scCO2 steam back to 130 bar after exiting the membrane unit, accordingly the process scheme of Fig. 10.
Fig. 11 compares the total drying costs as function of process scale
of all three membrane based conﬁgurations, as displayed in Figs. 2, 9,
and 10, with the zeolite-based benchmark process of Fig. 1.
Fig. 11 gives rise to several conclusions. Firstly, all processes show a
decrease in drying costs with increased process scale with, at larger
scale, the drying costs become essentially insensitive to process scale.
This eﬀect, where the speciﬁc costs are reduced with rising process
scale, is generally referred to as economy of scale [35]. Secondly, independent of scale, all membrane-based processes show lower drying
costs than the zeolite-based process. Thirdly, the process displayed in
Fig. 2 is the least cost-eﬀective membrane-based conﬁguration, even
though no heat exchangers nor compressors are implemented on the
high-pressure side. The costs assigned to the membrane unit and CO2
reﬁll dominate the total drying costs. Lastly, Fig. 9 outlines the most
cost-eﬀective conﬁguration, operating at a feed pressure and temperature of 130 bar and 65 °C. The cost-eﬀectiveness of the latter conﬁguration is the result of its small required membrane area, being, according to Fig. 8, one third of the size of the conﬁguration operating at

2000

150

Process scale [kgremoved water/h]

Fig. 10. Schematic depiction of a food dehydration process using scCO2 as the
water-extraction agent (left unit) and a membrane unit to dehydrate (regenerate) scCO2. The pre-heated and depressurized scCO2 requires the smallest
membrane area thus reduced costs for the membrane unit and the CO2 reﬁll,
however, additional costs for the purchase and investment of the additional
heat exchangers and the compressor.
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Fig. 11. Comparison of the drying costs of various membrane-based processes
with the current benchmark process based on zeolite. This is done for various
process scales.
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Fig. 13. The area speciﬁc costs of the membrane unit as a function of the
process scale and the cost relation to the zeolite-based process. Feed pressure
and process temperature are 130 bar and 65 °C, respectively.
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than the zeolite process.
Fig. 15 summarizes our ﬁndings and delineates the relative costs
involved in the scCO2 drying process using a SPEEK-based membrane
with a skin layer thickness of 1 μm, operating at feed chamber pressure
of 130 bar and temperature 65 °C, for two process scales, 40 and
500 kg/h. Investment and operational costs are represented by dark and
light grey bar sections, respectively. Irrespective the scale, costs of the
extraction chamber, i.e., steam and electricity costs for heating and
cooling, dominate the picture. Nevertheless, even though total membrane costs (membrane material + housing) contribute far less, its
share in total costs still mounts up to 10% and even more at pilot plant
scale. Lohaus et al. [8], concluded that, based on their calculations,
membrane costs can be considered negligible compared to the other
costs. The discrepancy in outcome reﬂects the diﬀerences in analysis as
the present study does include boundary layer eﬀects and costs related
to the membrane housing, not only those for the membrane material.
4. Conclusions
This study showed that there is an ideal skin-layer thickness at
which the drying costs of scCO2 reach a minimum. Too thin skin layers
result in inﬂated CO2 reﬁll costs due to increased CO2 permeation towards the permeate side, whereas a too thick layer, leads to lower H2O
permeation thus to larger membrane areas and inﬂated membrane unit
costs. Based on a selection of diﬀerent membrane materials, SPEEK was
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Fig. 15. Cost distribution of the membrane-based process (conﬁguration
130 bar; 65 °C). Light grey bar sections indicate operational costs, dark grey
sections investment costs.

exceeding a speciﬁc pressure, called plasticization pressure, which
ranges between 10 and 34 bar, thus far below the applied 130 bar of the
dehydration process. This sudden change was assigned to a transition of
the polymer state from glassy to rubbery. This transition leads to increased mobilization of the polymer chains and thus to increased penetrant diﬀusion. Penetrant diﬀusion is also promoted by higher temperatures [14]. Fig. 14(a) and (b) display the sensitivity of the drying
costs on the variation of H2O and CO2 permeability in a SPEEK based
system.
The drying costs displayed in Fig. 14(a) and (b) decrease with decreasing CO2 permeability and with increasing H2O permeability. This
is in accordance to the ﬁndings of Fig. 5 where a more CO2 permeable
skin layer results in inﬂated CO2 reﬁll and thus drying costs and a less
H2O permeable skin layer leads to larger membrane areas and increased
drying costs.
The drying costs are insensitive for H2O permeabilities of 10,000
Barrer or higher and CO2 permeabilities of 10 Barrer or lower. For skin
layer materials lying within these boundaries, the drying costs maintain
close to optimum, thus making them suitable alternatives to the current
material of choice, namely SPEEK. However, the CO2 permeability of
SPEEK, being 0.11 Barrer (at 30 °C and 2.5 bar) might increase signiﬁcantly when applied at the high feed pressure and temperature.
Naﬁon® 117 lies within these boundaries whereas PEBAX® 1074 exceeds the boundary set by the CO2 permeability. For a PEBAX® 1074
based system costs related to CO2 reﬁll would dominate the total drying
costs up to an extent at which the process becomes more cost-intensive

0

Electricity
Heating/cooling
Membrane material
Membrane housing
Air drier
Compressors
Heat exchangers
Extraction chamber

80

Cost distribution [%]

Membrane module costs [€/m2]

100000

600

Process scale [kgremoved water/h]

3000

2000

1000

0

0

100

200

300

400

500

600

Process scale [kgremoved water/h]

Fig. 14. Drying costs as a function of the process scale and (a) CO2 permeability for (b) H2O permeability. The permeabilities of SPEEK, being 61,000 for H2O and
0.11 Barrer for CO2, are the basis for the non-altered permeability values. Feed pressure and process temperature are 130 bar and 65 °C, respectively.
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considered the material of choice since it leads to the lowest drying
costs over the broadest range of skin layer thicknesses. The consideration of concentration polarization eﬀects in the feed boundary layer
results in membrane areas which are 150 larger than when omitting
these eﬀects. To encounter these H2O ﬂux hampering eﬀects ﬂuid dynamics have to be altered, such as reducing the feed chamber height,
increasing crossﬂow velocity or choosing feed pressures and dehydration temperatures at which the Reynolds number is maximal. The
choice of feed pressure and dehydration temperature has a signiﬁcant
impact on the required membrane area. An increase of the dehydration
temperature from 45 °C to 65 °C, while keeping the feed pressure at
130 bar, reduces the required membrane area to remove 100 kg of
water per hour, from 455 m2 down to 127 m2. Therefore, three process
conﬁgurations diﬀering in their feed pressure and dehydration temperature and the zeolite-based benchmark process were compared regarding their drying costs, for various scales ranging from water removal rate from 40 kg/h to above 500 kg/h. The conﬁguration having
130 bar and 65 °C as feed pressure and dehydration temperature proved
to be the most cost-eﬃcient comprising half the drying costs of the
benchmark process based on zeolite and was therefore considered the
process of choice. The membrane unit considered in this conﬁguration
comprises only 10% of the total drying costs but shows with 4480 €/m2
(pilot plant scale) and 1520 €/m2 (industrial scale) signiﬁcantly high
area speciﬁc costs. Reasons are found in the costly high-pressure
membrane unit housing and the low area to volume ratio of the
membrane unit.
The drying costs are insensitive for H2O permeabilities of 10,000
Barrer or higher and CO2 permeabilities of 10 Barrer or lower. Skin
layer materials lying within these boundaries are considered potential
alternatives to SPEEK being the current material of choice for the dehydration of supercritical CO2.
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