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A pilot plant of 5 kg/h based on the principle of supercritical water desalination (SCWD) has been designed, built
and operated. The detailed design, operating procedures and performance of the plant is presented in this paper,
along with the ﬁrst results. Firstly, the plant has been tested for feed streams of 3.5 wt% NaCl to evaluate the
stability and repeatability of the system, with the results indicating that mass balance closure is good and that
reproducible results can be obtained. Furthermore, the results showed that 93% of the feed is recovered as fresh
drinking water, which corresponds with expected results from phase equilibria simulations. The plant was
further tested for higher feed concentrations of up to 16 wt% NaCl. For all feed concentrations, the NaCl concentration of the SCW was that of drinking water quality (< 600 ppm). Experimentally, using a single stage
separator, a concentrated brine (38 wt% NaCl) was obtained and calculations showed that with a two-stage
ﬂash-evaporation scheme, zero liquid discharge (ZLD) can be obtained. Further modiﬁcations to the plant and
tests with other salt mixtures are recommended in order to advance to industrial application.

1. Introduction
The demand for freshwater has risen in recent years due to the
global population and industrialisation. The result is that many regions
face a shortage of fresh drinking water and are not able to meet the
current/growing demand from the existing freshwater resources [1,2].
For this reason, desalination technologies have been developed to
convert saltwater to freshwater. In the past 20 years the global desalination capacity has increased with 58 million m3/d, with the capacity
being 86.6 million m3/d in 2015 [3,4]. Desalination technologies are
not only limited to seawater puriﬁcation, but are also used to treat
brackish water, river water, wastewater and brine. The puriﬁed water is
used in numerous sectors including various industrial applications,
power stations and tourism with municipal applications being the
majority user. Conventional desalination technologies include reverse
osmosis (RO), multi-stage ﬂash distillation (MSF), multiple-eﬀect evaporation (MEE) and electrodialysis (ED), with RO and MSF being the
most used technologies [2]. Even though these technologies are well
established, there are certain drawbacks such as low water recovery, ± 45% for seawater RO (SWRO) [5,6] and ± 50% for thermal
processes such as MSF and MEE [6–9]. Parallel to the production of
freshwater, these processes also generate brackish waste streams, which
need to be managed. One of the major problems with the treatment of
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the brine is the disposal into the oceans by coastal plants, which disrupts the ecosystems and threatens marine life. For plants located inland the brine streams are ﬁrst treated before being discharged into
bodies of water [1,2,10–12]. In recent years more stringent regulations
have been put into eﬀect for discharging the brines and for this reason
zero liquid discharge (ZLD) technologies have been investigated and
further developed [13,14]. ZLD technologies provide a manner to
eliminate the production of brine streams, thereby reducing the impact
of desalination on the environment. Supercritical water desalination
(SCWD) is a technology, that presents a novel method of separating
inorganic compounds from brackish water, with the potential of being
ZLD technology [15,16].
At
supercritical
conditions
(Pressure > 22.5 MPa,
Temperature > 374 °C) the properties of water start to change signiﬁcantly. The density of water decreases, which reduces the strength
of the hydrogen bonds, causing the water to become non-polar.
Consequently, the solubility of inorganic compounds reduces, which
results in the formation of solid salt in supercritical water [16–18]. The
removal of diﬀerent inorganic salts from supercritical water has been
extensively investigated in previous studies with various laboratory
scale set-ups [19–26]. In our previous work [15], the potential of SCWD
was investigated and presented. The phase equilibria of a NaCl-H2O
solution were measured on a laboratory scale set-up and the results
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condensed vapour collector) (Sections 2.1 to 2.3). In addition to these
units, there are two feed vessels and two product vessels. The ﬁrst
vessel contains demineralised water fed during the start-up and shut
down of the system, while the other contains the saline feed. The ﬁrst
product vessel is for the collection of the drinking water coming from
the gravity separator, while the second vessel is for the collection of the
vapours produced during brine expansion. All vessels are placed on
weighing balances to monitor the in- and out ﬂow of the unit and to
check the mass balance closure. A high-pressure LEWA diaphragm
pump LDC1 (LEWA Herbert Ott GmbH & Co KG, Germany) is used to
pressurise the saline feed. The pump has a maximum capacity of 25.0 L/
h (with an uncertainty of 1% in mass ﬂow measurements), a maximum
operating pressure of 400 bar and is applicable to a wide variety of
ﬂuids including saline solutions. The feed pressure is set and controlled
with a back pressure regulator, BPR-1 (TESCOM 26-1762-24A, Tescom
Europe GmbH & Co. KG, Germany, Cv = 0.14).
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2.1. Heat exchanger

NaCl (wt.%)
Owing to the extreme operating conditions of SCW, the process is
energy intensive and heat integration is required to make it commercially viable. For this unit, heat integration is achieved by utilising the
SCW product to heat the saline feed in a heat exchanger that can operate from sub- to supercritical conditions. The feed will change from
sub – to supercritical conditions, while the SCW will transition from
super – to subcritical conditions. Prior to the design and construction of
the heat exchanger, heat transfer characteristics of SCW was investigated through modelling in COMSOL Multiphysics and validated
with experimental results [27].
From the ﬁndings, a double pipe counter-current heat exchanger
was designed and constructed. The enthalpies for the design were determined from the correlations of Driesner [33] for the cold streams and
the IAPWS formulation for the hot streams [49]. The inner and outer
tubes of the heat exchanger are constructed from grade 2 titanium, with
the dimensions listed in Table 1 (see Supporting information for detailed calculations). The double pipe heat exchanger is wound into a
spiral coil (diameter of 40 cm and height of 40 cm) for stability and
compactness. In the event of fouling due to salt deposition, the conﬁguration of the heat exchanger is such that the saline feed is fed
through the tube side, while the SCW product ﬂows through the annular space (shell side) between the inner and outer tubes in a countercurrent manner. Salt deposition from the feed can be easily cleaned, by
running demineralised water through the system. To avoid contact
between the inner surface and outer tube, a 0.5 mm titanium wire is
wound around the outside of the inner tube before inserting it into the
outer tube. The heat exchanger is also insulated with 20 mm thick glass
ﬁbre thermal insulation rope to reduce heat loss to the environment. In
Fig. 3 the wound heat exchanger and inner tube with the 0.5 mm titanium wire is shown.

Fig. 1. Phase diagram of NaCl-H2O system at 300 bar (- Anderko & Pitzer model
[28]; – liquid–solid line [29]; ● experimental data [15]).

were used to illustrate the proof-of-principle of a two-stage separation
process for SCWD. The ﬁrst stage of separation is the continuous removal of supercritical water (SCW) from a liquid brine solution and
occurs in the vapour–liquid (V–L) region at supercritical conditions (see
Fig. 1). The next stage is the batch-wise separation of the liquid brine
into salt and steam at subcritical conditions (100 °C and 1 bar). Additionally, heat integration, material selection and the controlled removal of salts at supercritical conditions was discussed. In a separate
paper [27], the heat transfer mechanism of SCW ﬂow at the mass ﬂuxes
and conditions expected in the SCWD pilot plant was investigated and
used to design a heat exchanger for the pilot scale SCWD unit.
Recently, Ogden & Trembly [30] published results of a prototype
Joule-heating desalination system (feed rate 6.1–6.7 kg/h brine), in
which they experimentally investigated the thermodynamic properties
of multicomponent brines at operating temperatures of 387 to 406 °C
and pressures of 230 to 280 bar. In their paper, they present a plant
based on Joule-heating, in which the brine is directly heated within the
reactor, instead of externally as with the pilot plant introduced in the
present paper. Also, the liquid brine is used to heat the feed to the unit,
instead of the SCW.
Based on the experimental data and ﬁndings of our previous two
papers [15,27] a ﬁrst generation SCWD pilot plant was designed and
built. In this paper, the design and layout of the plant will be presented
and the performance will be evaluated. First experimental results for a
feed of ± 3.5 wt% NaCl will be presented. Furthermore, the ﬁndings for
higher saline feed (7–16 wt%) experiments will be given and discussed.
The aim is to show the viability of the ﬁrst generation SCWD process for
the desalination of brackish water and its applicability for diﬀerent
concentration brine streams encountered in convectional desalination
processes.

2.2. Gravity separator
In order to reach the desired feed temperature, additional heat is
provided by an electrical heater located before the inlet to the gravity
separator. The heater is comprised of a grade 2 titanium feed tube
wound around a 2.5 kW aluminium block that provides the electrical
heating.
The ﬁrst stage of separation takes place in the gravity separator,
where the SCW ﬂuid phase is continuously separated from the concentrated liquid brine. The separator itself is constructed from Incoloy
825 with an inner diameter of 4 cm (wall thickness, t = 2 cm) and a
length of 50 cm. The separator is placed in a 6 kW electric oven to
ensure that isothermal conditions are maintained within the separator.
The saline feed enters the separator though a dip-tube (di = 3 mm,
do = 5 mm, L = 20 cm, grade 2 titanium), while the SCW ﬂuid exits
through the top, to the heat exchanger and liquid brine accumulates at

2. Pilot plant layout and key units
The pilot plant was designed and built at the high pressure laboratory of the University of Twente. The unit is located inside a concrete safety bunker and is fully automated so that it can be controlled
from the outside during operation. The pilot plant has a maximum
capacity of 8 kg/h of feed and was designed to operate at a maximum
pressure of 380 bar and maximum temperature of 500 °C. The layout of
the pilot plant is shown in Fig. 2.
From Fig. 2, it is seen that the pilot plant consists of several units,
which can be divided into three sections namely the heat exchanger
(HEX), gravity separator and brine recovery units (salt collector to
81
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Fig. 2. SCWD pilot plant layout.

summarised in Table 1.

Table 1
Dimensions and material of bottom recovery unit.
Unit

Description

Dimensions

Material

Volume (L)

HEX

Double pipe heat
exchanger, spiral
shape.
Ao = 0.079 m2
Volume of annulus

di = 3.0 mm
do = 5.0 mm
L = 5.0 m

Inner tube
– titanium

0.035

di = 6.2 mm
do = 9.5 mm
L = 5.0 m
di = 40 mm
do = 80 mm
L = 50 cm
di = 3.0 mm
do = 5.0 mm
L = 4.5 m

Outer tube
– titanium

0.054

Incoloy
825

0.628

Tube –
titanium

0.032

di = 4 mm
do = 6 mm
L = 1.5 m
di = 8.0 mm
do = 10.0 mm
L = 1.5 m
di = 7.0 mm
do = 10.0 mm
L = 32.0 cm
di = 40 mm
do = 80 mm
L = 50 cm
di = 20 mm
do = 40 mm
L = 132 mm
di = 23.7 mm
do = 32.9 mm
L = 119.0 mm

Inner tube
– SS 316

0.019

Outer tube
– copper

0.033

Incoloy
825

0.012

Incoloy
825

0.628

Incoloy
825

0.022

Incoloy
825

0.052

di = 4 mm
do = 6 mm
L = 6.0 m
di = 8.0 mm
do = 10.0 mm
L = 6.0 m

Inner tube
– SS 316

0.226

Outer tube
– copper

0.396

Separator

Gravity separator

Heater

Block heater for feed
stream. Tube is spiral
in Al block.
Ao = 0.071 m2
Water cooler
Ao = 0.028 m2

Cooler-1

Volume of annulus

Capillary

To ﬂash brine into
salt collector

Salt collector

Salt storage vessel

Cyclone

Separation of solid
salt particles from
water vapour
Collection of
separated salt
particles from
cyclone
Water cooler
Ao = 0.11 m2

Cyclone
collector

3 × Cooler-2

Volume of annulus

2.3. Brine expansion and brine recovery units
The brine recovery section spans from the valve to the condensed
vapour collector. For the second stage of separation, which is the expansion of the accumulated liquid brine, the high pressure – high
temperature valve at the bottom of the gravity separator is fully opened
to rapidly ﬂash separate the brine into vapours and salt. The valve is
made from a chromium-nickel based alloy creep resisting austenitic
steel. It has a high resistance to corrosion and both stable mechanical
and thermal properties at considerable high temperatures and pressures
(up to 600 °C and 1000 bar). It is, therefore, suitable to handle the
potentially corrosive brine and signiﬁcant instantaneous pressure drop
(up to 299 bar) during expansion of the brine. The valve is fully
opened/closed pneumatically from the outside of the high-pressure
bunker, using compressed nitrogen. Around both the valve and the
capillary, a 1 kW oven is placed to ensure that the expansion of the
brine occurs isothermally and to prevent premature formation of solid
salt which could result in plugging.
The brine then expands inside the salt collector, which has the same
dimensions as the gravity separator. In the cyclone, which follows the
salt collector, the entrained salt particles are separated from the vapours into a secondary collector. Both are made from Incoloy 825. The
design of the cyclone follows the methodology of Stairmand as stated in
Sinnott [50]. Originally, the brine was directly expanded into the cyclone with the separated salt collected in the salt collector. However, a
considerable amount of salt particles were entrained by the vapours
resulting in high salt concentrations of the ﬂashed vapours. It was,
therefore, decided to change the sequence to where the brine is directly
expanded into the salt collector. The vapours formed during the expansion in the salt collector, then moves to the cyclone for further separation of the entrained salt particles. The salt collector, cyclone and
cyclone collector are placed inside a 6 kW oven with ceramic insulation
to reduce heat loss to the environment and also to prevent the premature condensation of the formed vapours. The temperature of the
oven is set to 100 °C, however some heat is transferred from the 1 kW
oven causing the temperature of the top section of the salt collector to
rise above 100 °C. This may skew the vapour recovery results to a
limited extent. The expansion occurs within the 45 s and only the mass
increase of that time interval is taken as the amount of vapours produced. Any mass increase recorded afterwards is taken as vapourisation

the bottom of the separator.
After passing through the heat exchanger, the SCW is cooled to
below the temperature limit of the back pressure regulator (70 °C) in
water Cooler-1, after which it is depressurised and collected in the
product water vessel. The dimensions of the discussed units are
82
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Fig. 3. Pictures of heat exchange section (a) spiral wound double pipe heat exchanger, (b) internal construction of the heat exchanger.

of the water in the salt collector. The vapours pass through three consecutive water coolers (Cooler-2) before being collected in the condensed vapour product vessel. The dimensions and material of construction of the above discussed units are summarised in Table 1.
Lastly, all temperature measurements are done with K-type thermocouples (uncertainty in temperature measurement is 0.4% of measured value in °C, while the relative diﬀerence of measured values between thermocouples is 0.2 °C), while the pressure measurements are
done with sputtered thin ﬁlm type pressure transducers (accuracy is
0.25% full scale).

operate at without leakages occurring during operation. At 300 bar, a
diﬀerence (> 20%) in the mass balance was seen after some time of
operation, while for 270 bar the mass balance diﬀerences was < 10%
for the entire duration of the experiment. Analysis showed that leakages
occurred due to the failure of a speciﬁc connection at 300 bar. With the
current materials the connection could not be improved.
The feed rate and run time for the saline feed varied for the diﬀerent
concentrations due to faster accumulation of brine for more concentrated feed streams. The feed concentrations, ﬂow rates and run
times are summarised in Table 2.

3. Operation of pilot plant

3.2. Operating procedure

3.1. Operating conditions

Prior to operation all ﬁttings and connections were checked to ensure proper closure. The ovens of the gravity separator, ﬂash valve with
capillary section and salt collector were also switched on, so that the
system is already heated before pressure is increased. The pilot plant is
operated in a semi-batch mode, with the drinking water production
being continuous and the salt recovery batch-wise. For the start-up,
demineralised water is run through the system while pressure is gradually increased by adjusting the back-pressure regulator (BPR-1). The
heater before the gravity separator is also switched on, to heat the feed
to the desired separation temperature before entering the gravity separator. A mass balance is performed throughout, to ensure that the
system is closed. Once the desired temperatures and pressures have
been reached, the system is allowed to stabilise at the set conditions
(maximum ﬂuctuation of 1 °C and 2 bar for all measured temperatures
and pressures for a 30 minute period).
After stabilisation, the saline feed is introduced to the system, by
switching the three-way valve. The saline feed is prepared using demineralised water (resistivity of 15 MΩ·cm) and pharmaceutical grade
NaCl (> 99.0%; esco API NaCl sodium chloride GMP grade) from esco.
The pressured saline feed is heated in the counter-current heat exchanger, by the SCW product, with the remaining heat being supplied

In order to validate the operation of the pilot plant, a set of ﬁve
similar experiments were performed (referred to as the base experiments) to evaluate the repeatability and stability. For the base experiments, the feed concentration was 3.5 wt% NaCl, which corresponds to
the feed salinity of seawater and is also the feed stream for SWRO and
MSF [1,5,6,8]. The experimental uncertainties (within a 95% conﬁdence level interval for the t-distribution) for the 3.5 wt% feed were
determined, and these values were then also taken as the uncertainties
for the higher feed concentration experiments. Experiments were performed for three higher feed concentrations, namely 7, 13.3 and 16 wt
% NaCl. 7 wt% was selected to represent the retentate stream of a
conventional RO unit and 16 wt% was selected to simulate a feed
stream to an existing MEE plant for salt production [1,5,31].
The temperature and pressure for all the experiments were kept
constant at 430 °C and 270 bar. 430 °C was selected as this was the
maximum temperature in the V–L region where no premature salt deposition would occur at the outlet of the gravity separator. At higher
temperatures, a shift to the L–S (see Fig. 1) region occurs upon the rapid
decrease of pressure, causing salt deposition in the outlet of the separator. This hinders the collection of the bottom products and leads to
plugging of the system. Preliminary experiments were also performed at
higher temperature 440 and 450 °C with the results indicating that recovery of SCW was only 1% higher than for 430 °C, which further rationalised the use of this temperature.
For the operating pressure, the previous study by Odu et al. [15]
stated that the plant should run at 300 bar, due to better operating
stability and improved heat integration. For the pilot plant the pressure
was set to 270 bar, as this is the maximum pressure that the plant could

Table 2
Feed ﬂow rate and run time for diﬀerent saline feed concentrations.

83

Feed concentration (wt% NaCl)

Feed rate (kg/h)

Run time (min)

3.0
7.0
13.3
16.0

5.3
5.5
2.2
1.0

64
23
33
47
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SCW is shown and also the NaCl concentration of the SCW product.
From Fig. 4a), it can be seen that the ﬂow is stable within 5–15 min
of operation. The NaCl concentration of SCW for the 7 wt% feed is
lower than for the 3.5 wt% feed (see Fig. 4b). This is unusual as equal
SCW concentrations are expected, since the feed concentration should
not inﬂuence the equilibrium NaCl concentration of both products
(SCW & brine). This could be the result of higher vapour ﬂow rates for
lower feed concentrations, causing more salt to be entrained. The SCW
NaCl concentration for feeds of 3.5 and 7 wt% appear to stabilise within
the ﬁrst 15 min of operation. However, for higher feed concentrations
the NaCl concentration seems to continue increasing with time, not
stabilising before expansion of the brine. This could indicate that it
takes longer for phase equilibrium to be reached for higher feed concentrations.

by the heater before entering the gravity separator. Inside the separator
phase separation occurs, based on a density diﬀerence, with the SCW
ﬂuid being continuously removed at the top, while the concentrated
brine accumulates at the bottom. After passing through the heat exchanger the SCW is further cooled (Cooler-1) before being depressurised and analysed in line with a conductivity sensor (conductivity sensor 1, Fig. 2). The conductivity sensor was calibrated for a
concentration range of 10−6 to 10 wt% NaCl, which was repeated
multiple times throughout the experimental period. Linear behaviour
was observed for the measured range of 0.05 to 0.07 wt%.
The plant is run with saline feed until the gravity separator is
halfway ﬁlled with concentrated brine. Depending on the feed concentration and ﬂow rate, the time of the operation varies from 20 to
60 min (see Table 2). The run time is predetermined for the diﬀerent
feed concentrations using the solubility data obtained from Driesner &
Heinrich [32] and performing mass balance calculations.
Once the separator is halfway ﬁlled with brine, the feed is stopped
and the valve between the gravity separator and salt collector is opened
to rapidly ﬂash separate the brine to 1 bar inside the salt collector. From
the salt collector, the vapours and entrained salt particles ﬂow to the
cyclone, which separates the entrained salt particles and vapours. The
vapours are then condensed, analysed inline (conductivity sensor 2,
Fig. 2) and collected in the condensed vapour collector. The valve remains open until the pressure of the separator has stabilised at 1 bar.
After stabilisation, the valve is closed and demineralised water is once
more fed through the system to rinse it, while pressure is gradually
decreased and the system is cooled.
Once ambient conditions are reached the salt collector and cyclone
of the plant are removed and the products are retrieved for further
analysis and mass balance calculations. The products retrieved consists
of solid salt in both the salt and cyclone collector, some liquid water
and condensed vapours. Dry salt is not obtained due to the enthalpy of
the brine being insuﬃcient for complete separation into dry salt and
steam. Based on calculations made from the correlations of Driesner
[32,33] the temperature and pressure would need to be 590 °C and
380 bar respectively, which is beyond the safe operating limits of the
set-up. A one-stage ﬂash will thus not result in a dry salt and steam
stream. Calculations show that by expanding the brine in a normal
ﬂash, followed by ﬂash-evaporation (using the produced steam of the
ﬁrst expansion) it is possible to completely separate the brine into dry
solid salt and water (see Supporting information for calculations).
All temperatures and pressures are continuously recorded with
PicoLog data acquisition. The mass of the demineralised water feed,
saline feed, SCW product condensed vessel and vapour collector is also
continuously monitored, using KERN BalanceConnection and is used to
ascertain the mass balance closure during operation of the plant.

3.4.2. Brine expansion
In order to retrieve the accumulated brine in the gravity separator,
it is expanded to 1 bar by opening the high temperature - high pressure
valve. The expansion occurs rapidly being, completed within ± 1 min.
In Fig. 5a) & b), the pressure and temperature change during expansion
is shown.
From the ﬁgures, it is seen that the pressure and temperature inside
the separator is stable for the duration of the run until the valve is
opened. The pressure rapidly drops to 1 bar, where it stabilises while
the valve remains open. Conversely, the pressure of the cyclone increases upon ﬂashing of the brine. The temperature of the separator,
capillary and valve also decreases with expansion of the brine. For the
gravity separator, this is due to the ﬂash evaporation of part of the
water of the hot brine leaving the vessel as a consequence of the sudden
drop in pressure. The capillary and valve are set to the same temperature ( ± 2 °C diﬀerence) as the separator and therefore the temperature will decrease due to the evaporation of water as a consequence
of the pressure drop.
Premature salt deposition either before, after or inside the valve was
the main challenge with the retrieval of the brine. During plugging the
pressure drop was not as rapid as can be seen in Fig. 6a) & b).
In Fig. 6a) plugging before the valve is depicted with the consequence being that no bottom products are retrieved due to the brine
remaining in the gravity separator. This type of plugging is caused by
too high separation temperature. Upon rapid expansion the brine will
move into the liquid solid (L–S) region (see Fig. 1), with the solid salt
plugging the connection. At lower separation temperatures, the brine
will remain liquid in the separator, before ﬂashing over the valve and
capillary, and ﬁnally separating into the solid salt, vapours and water.
In Fig. 6b) plugging inside the capillary and valve is shown. It can be
seen that the initial pressure drop is rapid but that it becomes more
gradual with time. Consequently, some products are retrieved, but most
remain in the gravity separator. The main cause of this type of plugging
is owing to the construction of the capillary. Initially, it was too long
and expansion did not occur adiabatically. As a result, the expansion
was no longer isenthalpic and salt started to form inside the capillary
and moved towards the valve, ultimately plugging the system. The inside diameter of the capillary was not uniform as a result of previous
reparations, which also contributed to the plugging. It is foreseen that
on industrial scale such severe plugging will occur less. Furthermore,
upon salt deposition in the pipes, the system could be periodically
ﬂushed with water to remove the salt.

3.3. Analysis
The dissolved NaCl concentrations of the water retrieved from the
bottom section of the pilot plant was determined by measuring the Na+
concentration using ion chromatography (Metrosep C6 - 150/4.0
column on a Metrohm 850 Professional IC, mobile phase: 1.7 mM
HNO3 + 1.7 mM dipicolinic acid solution, column temperature:
20 ± 1 °C, ﬂow rate: 1.0 mL/min). The moisture content was determined by drying the wet salt at 105 °C for 24 h and weighing the
sample before and after.

3.4.3. Corrosion
Corrosion has been identiﬁed as a key obstacle to the commercial
success of SCW processes such as supercritical water oxidation (SCWO)
and supercritical water gasiﬁcation (SCWG) [34–36]. The high temperature and pressure conditions inherent to the SCWD process combined with the presence of salt could result in corrosion problems in the
SCWD process. Due to its good mechanical and stable thermal properties over a wide temperature range as well as its exceptional resistance

3.4. Performance
3.4.1. SCW separation
An experimental run starts once saline feed is introduced into the
system. Depending on the feed concentration and run time, the value of
the NaCl concentration of the condensed supercritical water is registered every 5 to 15 min (continuously monitored), while the ﬂow is
continuously recorded. In Fig. 4a) & b) the ﬂow rates of the feed and the
84
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microscopy with energy dispersive spectroscopy (SEM – EDS; Jeol JSM
5600 LV, at 15 kV) was done on the solids separated from the water
samples, to preliminarily determine the chemical elemental composition. The analysis indicated that the solids mainly contained iron and
nickel. Other elements that could also be present are chromium, sodium
and chloride. Copper and molybdenum were not detected. The presence
of manganese was only detected for some samples. Lastly, there could
also be trace amounts of titanium in some samples. From the analysis, it
is concluded that the source of the metal oxides in the samples is mainly
due to corrosion of Incoloy 825 and not the grade 2 titanium. A more
detailed analysis is required to determine the exact composition of the
metal oxides. In conclusion, it is seen that Incoloy 825 is not resistant

to corrosion, Incoloy 825 (a nickel-iron-chromium alloy with additions
of molybdenum, manganese, copper, and titanium) was chosen as the
material of construction for the gravity separator, cyclone, cyclone
collector and salt collector respectively. Considering cost and material
properties such as the corrosion resistance and mechanical strength,
grade 2 titanium has been chosen as the material of construction for the
heat exchanger.
Despite the selection of the above materials, signs of corrosion were
seen in the form of solids (not NaCl) in the condensed vapours samples,
as well as in the water retrieved from the salt and cyclone collector. The
solid deposition could be due to corrosion occurring in the reactor and
the metals forming oxides when exposed to oxygen. Scatter electron
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Table 3
Summary of experimental conditions for base experiments and mass balance
closure.
Exp.

NaCl
feed (wt
%)

Temperature (°C)

Pressure
(bar)

Overall mass
balance diﬀ.
(%)a

Salt mass
balance diﬀ.
(%)a

1
2
3
4
5

3.0
3.0
3.0
3.0
3.6

430
431
434
430
431

272
271
271
271
273

1.0
1.1
0.6
−0.2
0.6

3.8
−1.3
3.2
4.8
−10.4

a

Table 5
Comparison of experimental SCW NaCl concentrations at 430 °C and 270 bar of
pilot plant with literature models.

Experimentally measured
(average of exp. 1–5)
Armellini & Tester [19]
Anderko & Pitzer [28]
Driesner & Heinrich [32]

SCW quality (NaCl
wt%)

Brine quality (NaCl
wt%)

0.06 ± 0.01

34.5 ± 3.2a

0.055
0.069
0.084

–
38.4
37.9

a
Brine quality based on the average of the mass balance calculated concentrations.

Diﬀerence = ((Out − In) / In) ∗ 100.

enough to the extreme conditions and therefore the material of construction needs to be reconsidered. An option is to make use of a titanium lining inside the reactor.

dissolved solids (TDS) for clean drinking water by UNESCO, which is
750 ppm [40]. When comparing the results to the estimated values
based on NaCl-H2O equilibrium data, the expected SCW recovery for
the given temperature and pressure is between 92 and 93 wt%, which is
in good agreement with the results in Table 4. For the SCW NaCl concentration, the measured values were compared to the results of the
empirical correlations by Driesner & Heinrich [32], the solvation model
by Armellini & Tester [19] and the thermodynamic model by Anderko
& Pitzer [28] (see Supporting information for detailed equations), as
shown in Table 5.
From Table 5, it is seen that the experimental results and the model
generated results compare well within one another and that the deviations are within the experimental uncertainty.
Comparison between the calculated and measured NaCl concentration of the brine shows that the latter is generally lower, with the
maximum diﬀerence being 7 wt% (see Table 4). The diﬀerence can be
ascribed to the loss of product when cleaning the bottom section of the
plant as well as balance errors. It is, furthermore, assumed that all the
brine is ﬂashed to the bottom section with no salt remaining in the
gravity separator. Under ambient conditions the maximum solubility of
NaCl in water is 35.7 wt%, after which precipitation of solid salt occurs
[41]. However, at supercritical conditions, a brine with concentrations
up to 50 wt% (depending on the operating conditions) can be generated
without solid deposition in the reactor. This concentrated brine could
be a potential feed stream to processes where the feed concentration is
limited to solubility of NaCl in water (see Section 5).
After expansion of the brine, the products (condensed vapour, salt
and water) are distributed over four units in the bottom section, namely
the salt collector, cyclone, cyclone collector and condensed vapour
collector, with negligible amounts of product remaining in the pipes,
valve and capillary. The qualitative distribution of the products is
schematically shown in Fig. 7, for clariﬁcation on the product distribution results reported in Figs. 8 & 11.
In Fig. 7, it is indicated that wet solid salt is retrieved from both the
salt - and cyclone collector, which forms the dry usable salt (after
drying, see Section 3.3) retrieved from the pilot plant. NaCl concentrations of the water were generally between 15 and 25 wt%. For the
condensed vapours the concentrations were between 10 and 18 wt%.
The liquid water amount, in the salt and cyclone collector, is the
summation of the water (excluding NaCl) and the moisture in the wet
salt. The condensed vapours are the amount of water in the condensed
vapour collector excluding the dissolved NaCl content. The product
distribution of the ﬂashed products is given in Fig. 8. The brine content
was normalized to a value of 100% and the distribution in the bottom
units were calculated as a fraction of the brine content.
For Fig. 8, the total water content of the brine is equal to the sum of
the water content of the salt collector, cyclone, cyclone collector and
the condensed vapour collector. Likewise, the total dissolved NaCl
content of the brine is equal to the sum of the dissolved and solid NaCl
content of the salt and cyclone collector, and the dissolved NaCl concentration of the cyclone and condensed vapour collector. From the
product distribution results, it can be seen that most of the water in the

4. Experimental results and discussion
In this section, the results of both the SCW production and brine
expansion will be discussed. Firstly, the base experiment results will be
presented, followed by the results for diﬀerent feed concentrations.
4.1. Base experiments
The exact conditions for each experimental run as well as the mass
balance closure for both the overall system and the salt are presented in
Table 3.
The diﬀerence in the overall balance of the plant is < 2%, while that
of the salt balance is slightly higher but still within acceptable limits for
a pilot plant. The mass balance of the pilot plant is, therefore, considered to be closed. The products recovered from the SCWD unit is
divided into two sections with the drinking water being retrieved from
the gravity separator and solid salt, condensed vapours and some liquid
water recovered from the bottom section, after expansion of the brine.
In Table 4 the results of both the recovery (SCW/feed) and quality of
drinking water and brine are given. The brine quality is reported on a
calculated and measured basis. The calculated brine concentration is
based upon mass balance calculations of the overall system and the
NaCl, over the gravity separator using the conductivity readings of the
SCW to calculate the NaCl concentrations. The measured brine concentration is based upon the retrieved products from the bottom section.
From the results, it is ﬁrstly seen that the recovery of drinking water
and quality of both the brine and drinking water remained constant for
the ﬁve experiments, indicating that reproducible data can be obtained.
The average observed diﬀerence was < 6%, for the NaCl concentration
the SCW and brine (within a 95% conﬁdence level interval for the tdistribution). The recovery of drinkable water is ± 91 wt% of the feed
and is signiﬁcantly higher in comparison to conventional drinking
water production processes such as MSF (15–50%) [6,9] and SWRO
(30–50%) [1,37–39]. The NaCl concentration of the SCW (520 to
680 ppm) is below the maximum acceptable concentration level of total
Table 4
Product of the gravity separator both calculated and measured.
Exp.

SCW
recovery (wt
%)

SCW quality
(NaCl wt%)

Brine quality –
calculated (based on
mass balance) (NaCl wt
%)

Brine quality –
measured (NaCl
wt%)

1
2
3
4
5

91.6
91.4
91.1
90.6
91.4

0.065
0.058
0.052
0.059
0.068

34.7
33.9
32.4
31.6
39.8

32.4
29.7
31.4
33.7
33.3
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after drying)

Dissolved NaCl in H2O
Dissolved NaCl in vapours
Salt collector
Fig. 7. Qualitative product distribution in bottom section of pilot plant (levels and sizes are not to scale).

that of the condensed vapours and can be retrieved through evaporation of the water.

Product distribution (weight basis)

brine forms condensed vapours, with ± 14% forming liquid water in
the other collectors. Conversely, most of the dissolved NaCl in the brine,
forms solid NaCl in the salt collector. Together with the solid salt in the
cyclone collector, the total solid salt recovery (solid NaCl/NaCl fed to
plant) is ± 64%, which corresponds to ± 175 g of salt. The main reason
for loss of salt is due to entrainment of the ﬁne salt particles upon ﬂash
separation. The separation occurs rapidly (< 1 min) leaving no time for
crystallisation or agglomeration of the salt particles. The resulting
particle size is between 2 and 15 μm (determined by SEM analysis)
which is easily entrained with the vapours to the condensed vapour
collector. The cyclone is also not eﬀective in separating the salt from
the vapours because of the small particle size. It is estimated, from the
salt mass balance calculations over the bottom section of the pilot plant,
that only 30–46% of the entrained solids are removed from the vapour
stream.
From Fig. 8, it can be seen that the condensed vapour collector
contains the highest amount of dissolved NaCl. The resulting NaCl
concentration in the condensed vapour is usually between 10 and 18 wt
%. The separation of the water vapour and salt should therefore be
improved and is part of future research. Secondary to entrainment,
some of the salt is also dissolved in the liquid water present in the salt
and cyclone collector, but these amounts are minimal in comparison to

80
70

Water

67.9

Dissolved NaCl

4.2. Diﬀerent feed concentrations
In order to further test the applicability of the pilot plant with other
desalination/salt production processes, feed streams with higher salinities were also investigated. For these experiments, the temperatures
and pressures were kept similar to the base experiments, however, the
feed rate and run time had to be adjusted to ensure that the gravity
separator was only half-way ﬁlled with brine, before expansion. A
summary of the experimental conditions is given in Table 6, along with
the mass balance closures.
For the overall mass balance, the closure is within 8%, while for the
salt balance the diﬀerence increases for higher feed concentrations. The
exact cause is not clear but a possible reason could be that at higher
feed concentrations some of the salt precipitates and adheres to the wall
of the gravity separator. Consequently, the salt then remains in the
gravity separator after expansion of the brine and is not retrieved. The
SCW recovery as well as the SCW NaCl concentrations are reported in
Figs. 9 & 10.
For Fig. 10, for 13.3 and 16 wt% the average concentration over the
Fig. 8. Product distribution of normalized brine (values
based on measured brine from collected bottom probrine = salt collector +
ducts) (Mass balance is:
cyclone +
cyclone collector +
condensed vapour
brine = ( + ) salt collector +
cycollector;
clone + ( + ) cyclone collector + condensed vapour
collector).

Solid NaCl
54.3

60

50
40
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16.4
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0.7 2.7

0
Brine
(100%)

Salt collector
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adequately with what is expected from phase equilibria calculations
[28,32], whereas the measured NaCl concentration of the SCW is once
more lower in comparison to the results of the Anderko & Pitzer model
[28]. For 16.0 wt%, the SCW recovery is higher ( ± 10%) than expected
from NaCl-H2O equilibria. This is most likely due to equilibrium not
being reached within the system and for this reason the NaCl concentration of the SCW is also lower in comparison. Tests with higher
feed concentrations were also performed on our laboratory-scale [15]
set-up and the same SCW recovery was measured, as for the pilot plant.
To resolve the problem of equilibrium not being reached, a larger vessel
is required, since the pump's minimum ﬂow limitations have already
been reached. The overall product distribution, of the expanded brine,
is presented in Fig. 11.
Upon comparison of the three ﬁgures and Fig. 8, it is seen that the
water content of the salt collector increases, along with the amount of
dissolved NaCl. The higher water content could also be due to equilibrium not being reached for higher feed concentrations.
As a consequence of the higher liquid water content the salt recovery decreases due to more salt being dissolved. The salt recovery
decreased to 51% for a feed of 7 wt% and to 42–44% for the higher feed
concentrations. For the base experiments, the main loss of salt was due
to entrainment of salt particles with the vapours. However, for higher
feed concentrations the solvation of salts in the liquid water also contributes signiﬁcantly to the loss. When comparing the absolute values of
dissolved salt, the amount increased from 15 g for a feed concentration
of 3 wt% to 20–30 g for feed concentrations of 7 wt% and higher.
Conversely, the absolute amount of entrained salt decreased from 51 g
to 15–38 g for higher feed concentrations, while the total amount of salt
remained constant.

Table 6
Summary of experimental conditions for diﬀerent feed concentrations and mass
balance closure.
NaCl feed
(wt%)

Temperature (°C)

Pressure
(bar)

Overall mass
balance diﬀ.
(%)a

Salt mass
balance diﬀ.
(%)a

3.0
7.0
13.3
16.0

431
429
432
434

272
271
272
271

0.6
−1.9
1.5
7.8

2.6
−8.2
−18.4
−16.9

a

Diﬀerence = ((Out − In) / In) ∗ 100.

SCW recovery (wt.%)

100

80
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20

0

1
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3.0

2
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3

4
16.0

4.3. Heat exchanger performance

Feed concentration (wt.%)
Fig. 9. SCW recovery for diﬀerent feed streams (
[28,32]).

experimental;

The results of the heat exchanger performance for 3.0, 7.0 and
16.0 wt% are presented in Table 7.
It is observed, that the ΔTShell is higher than ΔTTube which is due to
the diﬀerence in heat capacity and mass ﬂow rates. The losses of the
heat exchanger were calculated to be between 16 and 25%. In order to
improve this, the sides can be switched or better quality insulation can
be used. It is concluded that the heat exchanger is functioning properly
for the given experiments.

model

SCW NaCl concentration (wt.%)

0.10

0.08

5. Future outlook and industrial application

0.06

Before industrial application, further testing is required to reﬁne the
SCWD process. After the initial evaluation of the pilot plant performance and experimental results the following recommendations are
made for improvement of the SCWD unit:

0.04

0.02

0.00

• Investigate the inﬂuence of other salts and salt mixtures, that are
1
3.0

2
7.0

3
13.3

4
16.0

Feed concentration (wt.%)
Fig. 10. SCW quality for diﬀerent feed streams ( experimental;
safe drinking limit for water 750 ppm).

model [28];

run time has been taken. From the results, it is seen that the recovery of
SCW decreases with feed concentration (with the exception of 16 wt%)
while, the NaCl concentration of the SCW also seems to decrease. The
NaCl concentration of both the SCW should not vary for diﬀerent feed
concentrations since it is only dependent on the temperature and
pressure of the system. Only the quantity of SCW should diﬀer with feed
concentration. This is seen when comparing the results of the model in
Figs. 9 and 10 for the diﬀerent feed concentrations. For the feed concentrations of 3.0 to 13.3 wt% the SCW recovery corresponds

•
•
88

also present in conventional desalination feed streams e.g. Na2SO4
and K2SO4. Typically the feeds to desalination units are ﬁrst pretreated to remove salts such as Mg(OH)2, CaCO3 and SrCO3, which
could cause severe fouling [42]. The main drawback would be the
presence of Na2SO4 and K2SO4, which form a solid-ﬂuid equilibrium
at supercritical conditions. The formation of solids would lead to the
fouling and possible plugging of the separator. Studies have shown
that for NaCl-Na2SO4-H2O mixtures, vapour-liquid equilibrium can
be reached for higher feed concentrations of NaCl, and therefore the
problem of solid formation can be counteracted [43,44].
An in-depth material of construction study is required to select a
more corrosion resistant material. Another improvement can be
made by constructing the reactor from stainless steel and then lining
the inside with titanium to reduce corrosion, since only trace
amounts of titanium were detected in the metal oxide samples.
The design of the cyclone system needs to be improved so that it is
able to more eﬃciently separate the ﬁne salt and vapours, for better

Desalination 439 (2018) 80–92

Product distribution (weight basis)

S. van Wyk et al.

80
70
60

47.5

50
40

27.9

30

15.2

20

10.2

10

3.5

3.4
0
Brine

Salt collector

5.8

8.1

5.4

0.1

Cyclone

0.8
Cyclone collector

a)
80

Product distribution (wieght basis)

Fig. 11. Product distribution of normalized
brine (values based on measured brine from
collected bottom products) for diﬀerent feed
concentrations (a) 7.0 wt%, (b) 13.3 wt%, (c)
dissolved NaCl;
solid
16.0 wt% ( water;
NaCl).

72.1

Condensed
vapour collector

71.6

70
60
50
34

40
28.4

30

24.5

20

6.2

8.5

10

4.7

7.2

1.2

4.8

8.4

0.6

0
Brine

Salt collector

Cyclone

Cyclone
collector

Condensed
vapour
collector

Product distribution (weight basis)

b)

80

67.7

70
60
50
40

32.4

32.3

30

23.5

20

6.9

10

6.7

4.2

0
Brine

Salt collector

7.6

10

7.4
0.8

0.5

Cyclone

c)

Cyclone
collector

Condensed
vapour
collector

Table 7
Heat exchanger performance for diﬀerent feed concentrations at 270 ± 2 bar.
Feed (wt
%)

3.0
7.0
16.0

Feed ﬂow
(kg/h)

5.3
5.5
1.0

SCW ﬂow
(kg/h)

4.8
4.1
0.7

Tube

•

Shell

Tin (°C)

Tout (°C)

Tin (°C)

Tout (°C)

17
28
26 (25.6)

370
328
313

404
346
313

31
32
27 (26.7)

•
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quality vapours and higher salt recoveries. A possible improvement
could be placing the cyclones in series.
Adjustments should also be made so that the pilot plant can run
longer for more concentrated feed solutions, so that steady state can
be reached before brine expansion. This can be achieved by using a
diﬀerent pump with lower ﬂow rates and/or by increasing the size
of the gravity separator.
At this stage only the heat is recovered from the SCW stream,
however, this stream is also pressurised (270 bar) and actions should
be taken to recover the pressure of the stream to partially pressurise
the feed stream, similar to what is done for RO systems [45,46].

Desalination 439 (2018) 80–92

S. van Wyk et al.

• Lastly, the recovery of the brine stream is at this stage a batch-wise

equilibria results. The quality of SCW adhered to the requirements for
drinking water having a NaCl concentration between 520 and 680 ppm
(safe limit is < 750 ppm TDS). The bottom product distribution showed
that mainly vapours are formed, followed by salt and liquid water. The
recovery of salt was (solid NaCl/NaCl fed to plant) ± 64%, with the
main loss being due to entrainment of the ﬁne salt particles (2–15 μm)
with the vapours. Calculations showed that ZLD is possible using a twostage ﬂash with heat integration.
For the diﬀerent feed concentrations, the SCW recovery decreased
and corresponded with phase equilibria results up to a feed concentration of 13.3 wt%, while for a feed of 16 wt% NaCl equilibrium is
not reached and the SCW recovery is unexpectedly higher. For the
bottom products, the total amount of salt remained constant, while the
amount of vapours decreased and the liquid water increased.
Consequently, the solid salt recovery decreased due to more salt being
dissolved in the liquid water.
The temperature proﬁles of the heat exchanger were evaluated from
which it was concluded that the heat exchanger is functioning properly.
Due to the energy intensive nature of the unit it is recommended
that the SCWD unit be integrated with a conventional desalination
process to treat the concentrated brine stream and obtain an overall
ZLD process, but further study is still required to reﬁne the process.

process but could be altered that it becomes a continuous process,
with the ﬂashed vapours being recycled back to the feed and the salt
recovered as a slurry. The conﬁguration of the brine retrieval is,
however, dependent on the process it will be integrated with. For a
MEE salt production process the brine could be directly mixed with
the feed stream.

For industrial application the SCWD plant, as a stand-alone unit,
would be too energy intensive to compete with conventional desalination technologies. From previous work [15], it was estimated that the
energy consumption of the unit would be 450 MJth/m3 drinking water
(after heat integration), which is much higher in comparison to conventional processes such as SWRO (30 MJel/m3) and MSF (300 MJth/
m3) [8]. However, SCWD has a higher freshwater recovery, produces
solid salt and could potentially be ZLD. Additionally, SCWD could also
assist with the elimination of organic micro pollutants/pollutants in
water. Vadillo et al. [47] stated that SCWO is a promising technology to
treat a wide variety of wastewaters due to the high reaction rates and
temperatures, which decreases the time required for destruction of the
pollutants. SCWO, however, occurs in the presence of oxygen, while
SCWD occurs in the absence of oxygen. Therefore, SCWD could be integrated with existing desalination processes as either a pre – or post
treatment step, to improve the feed quality to the units or help manage
the brine discharge of existing technologies.
A RO recovery unit usually produces a retentate waste stream with a
concentration of 7 wt% NaCl at a pressure of 6–7 MPa [1,5,48]. For this
case, the SCWD unit can serve as a post treatment step to treat the
retentate waste stream, as the stream is already partially pressurised
and the unit is able to separate feeds containing 7 wt% NaCl. The SCW
stream could then be combined with the drinking water recovered from
the RO unit. The heat of the SCW stream could also be used to heat the
feed and pressurise either the RO feed stream or the SCWD feed stream
through a heat exchanger and pressure exchanger respectively.
Another possible application is as a pre-treatment for MEE. The
typical feed concentrations for MEE plants are between seawater to
concentrated brines of 17–25 wt% [6,8,31]. At supercritical conditions
brines with concentrations between 30 and 50 wt% are produced,
without salt precipitation. The produced brine could be combined with
the feed stream of an MEE unit to increase the NaCl feed concentration.
Additionally, the heat from the brine could be used to heat the feed
stream so that conventional steam is no longer required, which could
reduce the overall energy consumption. These integrations will be
studied in the future.
Recently, a conceptual design and economics study was done by
Lopez & Trembly [42] to assess the preliminary economics of a standalone SCWD unit with chemical precipitation pre-treatment. Their
ﬁndings showed that the SCWD unit was more costly in comparison to
RO and other combined RO processes, however, SCWD has the potential to be ZLD technology and is able to treat more concentrated streams
(hypersaline streams).

Nomenclature
BPR
ED
EDS
HEX
L–S
MEE
MSF
RO
SCW
SCWD
SCWG
SCWO
SEM
SWRO
TDS
V–L
V–S
ZLD

back-pressure regulator
electrodialysis
energy dispersive spectroscopy
heat exchanger
liquid–solid
multiple-eﬀect evaporation
multi-stage ﬂash
reverse osmosis
supercritical water
supercritical water desalination
supercritical water gasiﬁcation
supercritical water oxidation
scatter electron microscopy
seawater reverse osmosis
total dissolved solids
vapour–liquid
vapour–solid
zero liquid discharge

Symbols
a
Ao
A2, A3
Q̇
R
T
u
U
v
x

6. Summary and conclusions
A ﬁrst generation SCWD pilot plant has been designed, constructed
and tested for diﬀerent saline feeds. Experiments were ﬁrstly performed
for a feed concentration of 3.5 wt% NaCl, with the performance and
stability of the unit being evaluated. The system was at steady state
within 15 min of the saline feed being introduced. Expansion of the
brine is a rapid process and no plugging occurred, after the correct
conditions were established. Incoloy 825 showed signs of corrosion and
a titanium lined system is proposed.
From the base experimental ﬁndings, it is concluded that the system's mass balance is closed and that reproducible data can be obtained. The recovery of fresh drinking water was higher in comparison
to conventional processes and corresponded with expected phase

Helmholtz free energy
heat transfer area
second – and third order perturbation terms
heat ﬂow
gas constant
temperature
velocity
overall heat transfer coeﬃcient
volume
mole fraction

Greek symbols
Δ
ρ
Φ
ƞ
σ
μ
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diﬀerence
density
volume ﬂow
reduced density
hard-sphere diameter
dipole momentum
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Subscripts
c
h
ht
l
lm
i
o
per
ref
rep
res
t
v
w

cold
hot
heater
liquid
logarithmic mean
inner
outer
perturbation
reference
repulsive
residual
terminal
vapour
water
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